
Heat Transfer from a Circulating Fluidized 
Bed to Membrane Waterwall Surfaces 

Average and local heat transfer coefficients were measured for 
transfer from circulating fluidized beds of sand particles (mean size 188 
and 356 pm) to two water-cooled membrane wall surfaces located on 
one face of a 152 mm square by 7.3 m tall column. The measurements 
cover a range of superficial gas velocities from about 4 to 7 m/s, sus- 
pension densities from about 8 to 130 kg/m3, suspension temperatures 
from 150 to 400"C, and secondary-to-primary air ratios of 0 to 1.5. Heat 
transfer coefficients, averaged over a 1.53 m length of the membrane 
waterwall surfaces, depend strongly on suspension density, but show 
almost no separate dependence on gas velocity, bed temperature, or 
secondary-to-primary air ratio for the conditions studied. For the sur- 
face nearest the top of the unit, the coefficient decreases with distance 
measured downward from the top, suggesting that particles travel 
downward along the surface. As a result, averaged coefficients are 
lower and the influence of particle size is less than for previously 
reported circulating fluidized bed heat transfer measurements where 
miniature heat transfer surfaces were employed. 
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Introduction 

Circulating fluidized beds (CFB's) are beginning to capture a 
major fraction of the market for large-scale steam boilers 
because of their ability to burn a wide variety of solid fuels with 
low pollutant emissions and good turndown. Knowing how the 
heat transfer coefficient between gas-solid suspensions and cool- 
ing surfaces varies with operating conditions is critical to the 
operation of CFB boilers since turndown is commonly achieved 
by varying the suspension density in the unit (Kobro and Brere- 
ton, 1986). Heat removal from circulating fluidized bed boilers 
is usually provided by exposed membrane waterwalls bounding 
the combustion region above ports which introduce secondary 
air. In order to specify the total surface area and the turndown 
characteristics of these cooling surfaces, information is needed 
on circulating-bed-to-surface heat transfer coefficients. For 
large units, membrane surfaces may also be suspended in the 
interior from above or from the side, and it is again essential to 
be able to estimate heat transfer coefficients. 

Despite the importance of being able to predict heat transfer 
coefficients in circulating fluidized beds, experimental data are 
few in number. Moreover, most of the available data (Grace, 
1986) are for very small heat transfer surfaces suspended within 
the interior of small-scale columns operated at  room tempera- 

ture. In this paper, we present data on heat transfer to mem- 
brane wall surfaces on the wall of a pilot-scale circulating fluid- 
ized bed unit operated at  superficial gas velocities up to 7 m/s, 
solids fluxes from 7 to 40 kg/m2s, and temperatures up to 
4OO0C. Results have been obtained for two sizes of sand. The 
ratio of secondary to primary air has been varied from 0 to 1.5. 
These conditions are closer to industrial practice than conditions 
associated with previously reported data. 

Experimental Equipment 
The equipment used for these experiments is the pilot-scale 

CFB combustor recently constructed at  the University of British 
Columbia. Figure 1 shows the major components of this unit. 
The fast bed section is 7.3 m high and 152 x 152 mm in cross- 
sectional area. Preheated primary air is introduced through a 
distributor plate with three tuyeres and six holes per tuyere at  
the bottom of the column. Secondary air is fed through two pairs 
of directly opposed air ports of 32 mm dia. located 0.9 m above 
the distributor plate, on two facing walls. Solids are returned to 
the column 0.4 m above the distributor plate from a standpipe of 
0.10 m ID through an L-valve (Knowlton and Hirsan, 1978). 
The solid recirculation rate is controlled by varying the amount 
of aeration air to the L-valve. 
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Figure 1. Pilot-scale circulating fluidized bed facility. 

Solid particles entrained from the column are continuously 
captured by the primary cyclone, which returns the solids to a 
storage hopper connected to the standpipe. Most fine particles 
not captured by the primary cyclone are captured in a secondary 
cyclone. The gas stream is then vented after being cooled in an 
off-gas heat exchanger. The entire fast bed column (except for 
the membrane wall portions) and the primary cyclone are 
refractory-lined. 

Although this unit is designed to run as a combustor for a 
variety of fuels, all results presented in this paper were obtained 
by operating the unit as a hot CFB, i.e., with no combustion in 
the reactor. A preheater burner that could be fed with either 
natural gas or propane was used to heat the unit. The CFB reac- 
tor is instrumented with thermocouples and pressure taps at 0.6 
m intervals, shown in Figure 2, to monitor temperatures and sus- 
pension density profiles. Particles used in the present experi- 
ments were two Ottawa sands of 188 and 356 pm surface-vol- 
ume mean diameter. Table 1 presents the key properties of these 
two sands. 

Heat transfer data were obtained from two nearly identical 
heat transfer surfaces, each 1.53 m long and 148 mm wide, 
located on one wall of the column and beginning 1.22 and 4.27 
m, respectively, above the distributor plate, Figure 2. Each sur- 
face consists of four identical, half-embedded, schedule 80 verti- 
cal stainless steel water-cooled tubes connected longitudinally 
by Rat fins to form a membrane wall. Figures 3a and 3b show a 
plan view and a section view of the surfaces. The fins are flush 
with the refractory surface above and below. One of the central 
tubes in each surface is instrumented with eight thermocouples 
located approximately 150 mm apart. Temperatures and flow 
rates of water in turbulent Row inside the tubes are recorded. 
This enables one to calculate the average heat transfer coeffi- 
cient (between thermocouples 1 and 8) or the heat transfer coef- 
ficient for the surface between any two thermocouples. For the 
conditions of the experimental study, the predominant heat 
transfer resistance is on the circulating bed side of the mem- 

brane surfaces. The resistance provided by the cooling water 
side has been estimated from the correlation of Sleicher and 
Rouse (1975). This resistance and that provided by the tube 
itself have been subtracted. The reported heat transfer coeffi- 
cients are therefore bed-side (suspension to exposed surface) 
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Figure 2. Principal reactor vessel: positions of heat 

transfer surfaces and thermocouples. 
Pressure taps are at same heights as thermocouples. on opposite 
wall; dimensions in mm 
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Table 1. Particle Size Analyses and Fluidization hoperties 
for the Two Sands 

Size Finer Coarser 
Range Sand Sand 

pm wt. % wt. % 

850-710 0.1 0.0 
710-600 0.5 2.4 
6 W 9 5  1.8 14.2 
495420 2.4 27.2 
420-351 2.2 20.7 
351-297 6.0 19.7 
297-250 10.1 5.8 
250-208 21.8 4.0 
208-180 20.4 3.0 
180-150 13.3 1.3 
150-125 11.4 1 .O 
125-106 5.4 0.3 
106-90 3.3 0.2 
90-61 0.9 0.1 
61-53 0.3 0.1 
5345 0.1 0.0 
45-0 0.0 0.0 

Sauter mean particle 
size, pm 188 356 

Particle dens., kg/m' 2,637 2,642 
Terminal settling 

veloc. at 3000C and 
104 LPa, m/s 1.2 2.8 

Min. fluidization 

Voidage at min. fluid- 
veloc., mm/s 51 95 

ization 0.46 0.42 
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Figure 3. Membrane waterwails used in heat transfer 
studies. 
a. Plan view 
b. Section view: position of thermocouples in membrane wall h a t  
exchanger aascmblics 
Dimensions in mm 
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Figure 4. Average heat transfer coefficient for mem- 
brane wail surfaces as a function of suspension 
density, 188 pm sand. 
Coefficients from thermocouples 1-8, Figure 3b 
Open, filled symbols: upper, lower exchange surfaces, respectively 

values. Heat transfer coefficients can be based on: 
1. The exposed tube surface areas alone 
2. The total projected surface area, or 
3. The total of the exposed tube surface areas and the areas 

of the fins between the tubes 
In the present paper, all reported coefficients refer to the last of 
these, i.e., the total exposed heat transfer area. To obtain coeffi- 
cients based on the area 1 or 2, the coefficients reported here 
should be multiplied by 1.46 or 1.33, respectively. For an analy- 
sis of the effectiveness of the longitudinal fins as exchange sur- 
faces, see Bowen et al. (1987). 

Suspension densities reported here are cross-sectional area 
mean values estimated from measured pressure profiles. These 
are commonly used to infer suspension densities, with reason- 
able accuracy (Van Swaaij et al., 1970; Capes and Nakamura, 
1973; Hartge et al., 1986). 

Results and Discussion 
Average suspension-to-surface heat transfer coefficients are 

plotted against the suspension densities in Figures 4 and 5 for 
sand particles of mean diameter 188 and 356 Mm, respectively. 
The open and filled symbols respectively represent coefficients 
measured for the total upper and lower heat transfer surfaces. In 
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Figure 5. Average heat transfer coefficient for mem- 
brane wail surfaces as a function of suspension 
density, 356 pm sand. 
Coefficients from thermocouples 1-8, Figure 3b 
Open, filled symbols: upper. lower exchange surfaces, respectively 
Secondary-to-primary air ratio - 0 in all cases 
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both cases, the heat transfer coefficient increases with suspen- 
sion density. The two curves in Figures 4 and 5 for the two sands 
are almost identical, although the heat transfer coefficients for 
the larger sand appear to be somewhat lower at low suspension 
densities (<25 kg/m3). There appears to be no systematic differ- 
ence between the upper and lower exchange surfaces and no sys- 
tematic influence of the secondary-to-primary air ratio. 

The variation of the suspension-to-surface heat transfer coef- 
ficient as a function of superficial gas velocity for the 188 pm 
sand is shown in Figure 6. The lines drawn are least-squares 
regression lines for each value of suspension density. It is 
observed that superficial gas velocity does not significantly 
affect the heat transfer coefficient once the suspension density is 
established. This should not be surprising since the contribution 
of the gas convective component to the heat transfer coefficient 
is expected to be small compared to the particle convective com- 
ponent (Grace, 1986). One experimental point for no particles in 
the reactor is shown in Figure 6 for comparison. The measured 
heat transfer coefficient for this case, 18 W/m2 - K, is in good 
agreement with published correlations, for example, that of 
Sleicher and Rouse (1975). 

The influence of suspension temperature on the heat transfer 
coefficient is shown in Figure 7 for the 188 pm sand at three 
suspension densities, with the lines again corresponding to least- 
squares linear fitting. As for superficial gas velocity, the effect 
of suspension temperature on the heat transfer coefficient is 
minimal in the temperature range studied ( 15O-4OO0C). The 
independent effects of superfical gas velocity, solids circulation 
rate, slip velocity, and suspension temperature were also ob- 
served to be very small for the 356 pm sand. 

Analysis of heat transfer coefficients for part-lengths along 
the upper heat transfer surface shows that the coefficient 
decreased rapidly with decreasing height, with the maximum 
heat transfer coefficient occurring at the top of the surface in all 
cases. Figure 8a shows some typical profiles of the heat transfer 
coefficient as a function of height measured downward along the 
upper surface. The corresponding density profiles are also 
shown in Figure 8a. The trend is quite different for the lower 
heat transfer surface, as shown in Figure 8b. 

The variation in coefficient over the upper surface suggests 
the existence of a layer of downflowing solids along the upper 
part of the combustor walls (and thus over the upper heat trans- 
fer surface), with fresh solids constantly coming into contact 
with the top part of the heat transfer surface and then traveling 
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Figure 6. lnfluence of superficial gas velocity on average 
heat transfer coefficient, 188 rcm sand. 
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Figure 7. influence of suspension temperature on aver- 
age heat transfer coefficient, 188 pm sand. 

down along the membrane waterwall surface. Existence of a 
predominantly downflowing layer of solids at the wall of a fast 
fluidized bed has been reported by Bier1 et al. (1980), Weinstein 
et al. (1984), and Brereton and Stromberg (1986). The close- 
ness of the slope values of the heat transfer coefficient profile 
lines to 0.5 in Figure 8a suggests that particle renewal in this 
layer of solids at the wall is minimal. The particle motion in the 
lower part of the bed is likely to be less regular than that on the 
upper surface, with particles moving sometimes upward and 
sometimes downward over the lower surface. Particle motions 
that are predominantly downward at the top but both upward 
and downward lower in the vessel are consistent with visual 
observations in a separate cold model CFB unit of 152 mm dia. 
in our laboratory. The up-and-down motion of particles passing 
over the lower heat transfer surface probably explains the min- 
ima in the heat transfer coefficient profiles observed at the mid- 
dle of the lower surface. The increase in the suspension density 
over the lower part of the surface, Figure 8b, probably also con- 
tributes to the sharp increase in the heat transfer coefficient 
measured at the bottom of the lower surface. 

Some discussion of the influence of the length of heat transfer 
surface is relevant here. The vertical length of heat transfer sur- 
faces should be an important consideration in presenting heat 
transfer results for CFB units. This can be illustrated by com- 
paring the present results, averaged over the length of the 
exchanger surfaces, with previously reported data in the litera- 
ture (Mickley and Trilling, 1949; Kiang et al., 1976; Fraley et 
al., 1983; Kobro and Brereton, 1986). From Figure 9, it is 
apparent that the present results are significantly lower than the 
previous data for particles of comparable size. Also, very little 
influence of particle size is discernible in the present results. It 
should be noted, however, that all previous data (except for 
those of Mickley and Trilling, 1949) are local heat transfer coef- 
ficients measured using small heat transfer probes (e.g., water- 
cooled heat flux probe, electric heating element) with sizes of 
the order of centimeters. It seems likely that particle sheets of 
order 10-20 mm thick traveling past these small probes are far 
from achieving thermal equilibrium with the heat transfer sur- 
face, whereas particles passing along an extended surface, as in 
the present case, come close to reaching the surface temperature 
when they leave the surface and hence have a much lower driv- 
ing force for heat transfer. Therefore, heat transfer measure- 
ments using short (and small) heat transfer probes result in sig- 
nificantly higher heat transfer coefficients than the much longer 
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Figure 8. Typical longitudinal profiles of heat transfer coefficient and suspension density. 
Coefficients obtained between thermocouples 1-3.34.6-8, Figure 3b 
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membrane walls in the present work. In addition, the influence 
of particle size becomes much less significant for longer surfaces 
since the residence time of particles at the surface is much 
longer than the particle thermal time constant for both small 
and larger particles. A secondary cause of the lower coefficients 
in the present work compared with previous studies is that the 
fins in our membrane walls are not as effective as an equivalent 
area of exposed tube surface (Bowen et al., 1987). 

Figure 10 plots the heat transfer coefficient measured be- 

!& 

Figure 9. 
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Comparison of heat transfer coefficients. 
This work: 1.53 m long heat exchange surfaces 
Heat transfer probe length, other studies: 880 mm (Mickley and 
Trilling), 57 mm (Kiang et al.), 150 mm (Fraley et al.), 1 0 0  mm 
(Kobro and Brereton) 

240 69 0.4 
190 28 1 .o 
200 no data 0.0 
333 no data 0.0 

tween thermocouples 1 and 3 at the upper surface vs. suspension 
density for both the 188 and the 356 Km sand. The local heat 
transfer coefficients between thermocouples 1 and 3 show more 
scatter but are generally higher than the average coefficients. 
Moreover, the particle size effect is more evident, with the 
smaller particles showing higher coefficients than the larger 
particles at the same suspension density. Thus, Figure 10 is in 
accord with the preceding discussion on the length of heat trans- 
fer surface. Figures 9 and 10 imply that CFB combustor 
designers should exercise caution when using available heat 
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Figure 10. Heat transfer coefficient vs. suspension den- 
sity for both sands. 
Cffifficient for section of upper heat exchange surface, thermo- 
couples 1-3, Figure 3b 
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transfer data from the literature. As heat transfer surfaces in 
boilers tend to be long and in the form of membrane walls, 
underdesign is possible if local heat transfer coefficients ob- 
tained with miniature heat flux surfaces are used. 

Conclusions 
Suspension-to-surface heat transfer coefficients in circulating 

fluidized beds of sand are strongly influenced by the suspension 
density a t  that height, but only weakly influenced by superficial 
gas velocity (range 4-7 m/s), suspension temperature (range 
150-400°C), and the ratio of secondary to primary air (range 
0-1.5), once the suspension density is fixed. Heat transfer coef- 
ficients for the membrane waterwalls and the effect of particle 
size determined in the present work tend to be less than those 
reported in the literature by previous workers. This is primarily 
due to the much greater length of heat exchanger surface and 
the tendency of particles to move along the exchanger surface 
(downward along the upper surface, and both up and down 
along the lower surface). An understanding of particle motion is 
clearly essential to achieving a full understanding of suspension- 
to-surface heat transfer in circulating fluidized beds. 
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Notation 
d, = surface-volume mean particle size 
G, - solids circulation flux 
k= local suspension to tube-surface heat transfer coefficient 
h = Average suspension to tube-surface heat transfer coefficient 

Q, = primary air flow through distributor plate 
Q2 - secondary air flow 
T = temperature 
U - superficial gas velocity 
2 - height measured downward from top of exposed heat transfer 

surface 

Apn = total pressure drop over reactor 
pslup = suspension density averaged over reactor cross section 
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